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Abstract

Steam reforming of methanol over a Cu/ZnO/Al2O3 catalyst has been investigated over the temperature range of 493-573 K at
atmospheric pressure in a fixed bed reactor. A series of catalysts were prepared by wet impregnation and characterized by atomic absorption
spectroscopy, surface area, pore volume, pore size and X-ray diffraction technique. The X-ray photoelectron spectroscopy and thermo-
gravimetry analysis of deactivated catalyst was done to investigate the nature of coke deposited on catalyst surface. The rate of coke formation
and its influence over catalyst deactivation have also been studied. A monolayer-multilayer mechanism is proposed to model the coke
formation with time and to study its effect on methanol conversion. Deactivation model was coupled with the kinetic model available in the
literature to study the effect of coke formation on activity. The parameters of deactivation model for the Cu/ZnO/Al2O3 (10/5/85 wt.%)
catalyst have been determined by fitting the experimental data for methanol conversion and coke deposition. This model achieved the key
objective of predicting the experimental observation with 95% accuracy.
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1. Introduction

Hydrogen is predicted to be a major source of energy in
the future. It is an important raw material in the chemical and
petroleum industries. Hydrogen is a clean fuel that emits no
CO2 when burned or used in H2-O2 fuel cells, can be stored
as a liquid or gas, and has been described as a long-term
replacement for natural gas. Methanol is potentially a good
source of hydrogen for mobile fuel cells since it is a liquid at
ambient conditions, has high hydrogen to carbon ratio, and
can be converted to hydrogen using either steam or oxygen
at relatively low temperatures compared to other fuels.
Steam reforming of methanol has been the most widely used
and usually the most economical technology for the
production of hydrogen. Theoretically, methanol can be
converted to hydrogen with better efficiency than any other
hydrocarbon being considered for on-board hydrogen

production [1]. The use of methanol to produce hydrogen
is also attractive because of the relatively low selectivity to
byproducts such as carbon monoxide and methane compared
to alkane or higher alcohol reforming. However, this route
makes hydrogen an indirect source of CO2. In addition, the
co-product of steam reforming, CO, must be removed, as it is
poison for reforming catalyst by two subsequent steps:
water-gas shift reaction and methanation. In order to reduce
the concentration of CO to acceptable level that can be
tolerated in low temp fuel cell, water-gas shift reactor and
preferential oxidation reactor is provided with fuel proces-
sing system [2,3].

The deactivation of catalysts by coking is a very complex
process where mechanism and kinetics are still not
completely understood. Much of the prior work on the
modeling of catalyst deactivation is based on empirical
correlations in which the activity of the catalyst is described
only as a function of time [4,5]. Although this empirical
quantification of catalyst coking is very useful, its
possibilities to predict catalyst activity with time on stream
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at different reaction conditions are very limited. Dumez and
Froment [4] proposed a correlation for catalyst's activity
taking coke content of the catalyst into account. Because of
the complexity of the coking process many factors influence
the formation of coke and consequently the deactivation of
the catalyst. Coke formation increases with increase in
temperature. A quantitative description of the coke
formation and its influence on the main reaction is necessary
to predict the state of catalyst coking. To simulate the
unsteady state behavior of a deactivating catalyst in a fixed-
bed reactor, a concentration dependent model of both the
main reaction and the coke formation is necessary.

In the present study, a kinetic model for the deactivation
of Cu/ZnO/Al2O3 catalyst during the methanol reforming
has been developed. A series of Cu/ZnO/Al2O3 catalysts
were prepared and experimented for the investigation. In the
first step, the data obtained in the fixed bed reactor were
fitted to a model proposed by Peppley et al. [6] to determine
the kinetic parameters and then applied for the deactivation
model. In the second step, thermo gravimetric experiments
were carried out to measure the coke formed during the
reforming reaction. A model was proposed to predict the
coke formation. Statistical parameters of the fitting were
used to check the goodness of fit in the proposed models in
both the steps. Surface analysis of post reaction catalysts was
done using XPS to identify the different types of carbon
deposited.

2. Experimental

2.1. Catalyst preparation

A series of Cu/ZnO/Al2O3 catalysts were prepared using
a wet impregnation method. In this method, copper was the
active phase and ZnO was added to improve the dispersion
of copper and its reducibility while the addition of Al2O3
was used to improve the surface area and to lower the
sintering of the catalyst. An excess solution of copper nitrate
3-hydrate (Cu(NO3)3-3H2O) and zinc nitrate 6-hydrate
(Zn(NO3)3-6H2O) (Merck, Germany) was prepared, and
alumina pellets were dipped in to it. The advantage of
providing excess solution was that precursors became
distributed uniformly throughout the pores. The mixture was
dried overnight at 393 K and calcined at 623 K for 4 h.
Calcined catalysts were crushed and sieved to a particle size
of 20-25 mesh size before loading to the reactor. The pre-
reduction of catalysts, necessary to obtain maximum
activity, was carried out using 10% hydrogen and 90%
nitrogen mixture stream with a heating rate of 5 K min^1

and dwelling at 493 K for 2 h.

2.2. Catalyst characterization

The final Cu/Zn content of prepared catalysts was
determined by atomic absorption spectroscopy 757 VA

Computrance, Metrohm. Surface area, pore volume and pore
size of catalysts were measured using ASAP 2010
Micromeritics, USA micro pore surface area analyzer using
nitrogen adsorption method. Different crystalline phases
presents in fresh calcined, fresh reduced and used catalysts
were identified by X-ray powder diffraction using Philips
Mat. Holland, pw1730/10 diffractometer. The operation was
done with monochromatic Cu Ka 1.5418 A radiation at
current of 30 mA with different angle ranging from 108 to
708. The post reaction catalysts were characterized for
surface area, pore volume and pore size. Surface analysis of
post reaction catalysts used at different reaction tempera-
tures was done by X-ray photoelectron spectroscopy using
Perkin-Elmer-1257 at base pressure 5 x 10^8 Torr with dual
anode Al Ka 1253.6 eV X-ray source and hemispherical
analyzer capable of 25 mV resolution.

2.3. Experimental setup

Catalytic activity measurements were carried out at
atmospheric pressure in a vertical tubular fixed bed reactor
(I.D. 19 mm). The schematic diagram of experimental
setup is shown in Fig. 1. The configuration of packed bed
was designed to minimize thermal gradients and concen-
tration gradients in the bed and inside catalyst particles.
The reactor furnace consists of two heating zones with
dimensions 810 mm x 450 mm and, 150 mm thick insula-
tion. The temperature was measured by means of three
thermocouples inserted in the bed, one at the centre of the
bed axis, another one at the outlet of the bed axis, and, the
third one on the inside of the bed wall. PID controllers were
used to regulate the reactor temperature with an accuracy
of ±1 8C.

2.4. Experimental procedure

Three grams of catalyst was loaded into the reactor. Pure
methanol (99.99% purity) and distilled water were fed to the
pre-heater, maintained at 463 K, by means of a peristaltic
pump. Vaporized reactants entered in the reactor for steam
reforming of methanol. The products and unreacted
reactants passed through condenser and liquid-gas separator
followed by sampling ports. The steam to methanol ratio was
kept constant at 1.4 (mol/mol) in order to lower CO
concentration by inducing a water-gas shift reaction in the
reformer. Experiments were carried out, by varying feed
composition and temperature, to study the effects of contact
time and temperature on catalyst activity, product yield and
catalyst deactivation. The range of the operating parameters
used in the experiments is given in Table 1. To study the
deactivation kinetics, experiments for a run time of 20 h and
the spent catalysts were analyzed to determine the coke
formation on catalyst at different temperatures and run
length. The amount of carbon deposited on catalyst was
determined by oxidation in air using a Seiko TG/DTA 32
SSC 5100 thermogravimetric analyzer (TGA).
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FRC=Flow Rate Controller
TC=Temperature Controller
PC=Personal Computer

Fig. 1. Schematic diagram of experimental setup.

2.5. Products analysis

The products of SRM process were H2, CO, CO2 along
with unreacted CH3OH and H2O. A glass condenser with a
separatory funnel was installed to condense and separate
unconverted methanol-water from product gases. For
condensation, a chilling mixture of ethylene glycol and
water was circulated through a cryostate (Koehlar, USA),
where the temperature of bath was maintained at 265 K. The
concentration of gaseous products hydrogen, carbon dioxide
and carbon monoxide was determined using Nucon-5700
Gas chromatograph operated in thermal conductivity
detector (TCD) mode with carbosphere column. Uncon-
verted reactants were analyzed using flame ionization
detector with silica-alumina fused capillary column and
Porapak Q column. Products from the gas sampler were
passed through a gas flow meter and then vented.

3. Results and discussion

3.1. Catalysts characterization

The final metal content, surface area, pore volume and
pore size of different Cu/ZnO/Al2O3 catalysts are listed in
Table 2. The surface area of catalyst varied from 129 to
158 m2/g. It can be seen from Table 2 that an increase in CuO

loading on catalyst results a decrease in surface area due to
porous structure of the support occupied by metal precursors.
The final elemental composition of Cu/Zn wt.% over
different catalysts was slightly less than the initial quantity
impregnated because of attrition and heat treatment. X-ray
diffraction pattern of different catalysts is shown in Fig. 2.
The distance between crystal planes (d), to identify the
crystalline phases, were calculated using Bragg relation,
rik = 2d sin u; n = 1; 2 ; . . . ; . Here n = 1 taken for mono-
chromatic radiation, l = 1.5418 A and 2u were taken at
particular peak height to calculate various values of'd'. It can
be seen that on the reduction of catalyst copper oxide reduced
to the copper while zinc oxide remained in oxide forms only.
The catalysts obtained at 623 K calcination temperature were
mostly amorphous (no sharp peaks) with some crystallites for
the CuO and ZnO phases. The crystal size was determined
using Scherrer formula, L = (Kl)/(b cos u), Here L is a
measure of the dimension of particle in diffraction
perpendicular to the reflecting plane, l the wavelength, b
the peak width and K a constant taken as 1. The crystal size is
inversely proportional to the peak width at constant u and l.
Among all the catalysts, the peak width of copper for CAT4
catalyst with composition Cu/ZnO/Al2O3 as 10/5/85 (wt.%)
is higher compared to the peak width of other catalysts, which
resulted in smaller crystallite size. Smaller the crystallite size
better is the copper dispersion and more copper surface area
could be achieved, which enhances the catalyst activity.
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Table 1
Experimental conditions

Parameter Range

Weight of catalyst loaded (kg)
Temperature (K)
Pressure (atm)
Steam/Methanol ratio (mol/mol)
W/FA0 (kg catalyst/mol s"1 of MeOH)
Run time (h)
Catalyst particle size (mesh)

3E-3
493-573
1
1.4
3-15
0.5-20
20-25

3.2. Comparison of catalytic activity

The catalytic activity in terms of methanol conversion for
different catalysts as a function of contact time at 513 K is
shown in Fig. 3. The maximum conversion was obtained
using CAT4 with composition Cu/ZnO/Al2O3 as 10/5/85
(wt.%) and lowest activity was observed with CAT1
containing 10% copper with no zinc oxide, which indicates
that the promoter zinc enhances the catalytic activity. The
highest activity of CAT4 may probably be due to its high
surface area, better copper dispersion and zinc promoter.

3.3. Effect of contact time and temperature

The effectiveness of each catalyst was evaluated by
investigating the effect of temperature at different contact
time (W/FA0) on conversion as shown in Fig. 4. Conversion
increases with temperature because reforming and decom-
position reactions; both are very endothermic reactions; as a
result, a small increase in temperature results in a significant
increase in conversion. The molar ratio of water to methanol
used in the feed was chosen to be slightly above the
stoichiometric value, because thermodynamic calculations
showed that this ratio would tend to favor optimum
hydrogen yields if CO were to be formed in equilibrium
quantities. Steam reforming of methanol initiates at about
423 K and approximately 100% conversion of methanol can
be obtained at the temperature higher than 513 K under
specific reaction conditions. Conversion and product yields
increase at higher temperatures, The hydrogen concentration
increases from 0.83 to 1.03mol/hg and CO formation
increases from 0.009 to 0.015 mol/h g at W/FA0 = 9. The CO
concentration at all the reaction temperatures 473 K to
573 K was much less than the equilibrium values, based on

the thermodynamics for WGS reaction, this suggests that
CO2 can be formed through a path other than WGS reaction.
Also, there was no evidence of formation of formic acid as
an intermediate, which is in agreement with the observations
of Breen and Ross [5], and Takahashi et al. [7]. The product
yield increases with the temperature, but selectivity of H2

and CO2 decrease while CO selectivity increases. This
suggests that at higher temperature, reverse WGS and
methanol decomposition accelerate. Methanol conversion
increased considerably when S/M increased from 1 to 1.5,
followed by a gradual increase. CO concentration at steam to
methanol ratio 1 was 2.26 mol% and this value reduces to
0.77 at S/M 1.8. Hence, a higher S/M molar ratio is favorable
for enhancing the methanol conversion and for reducing CO
concentration in products. At very high S/M ratio the CO
concentration does not decrease significantly, therefore
optimum S/M molar ratio can be recommended as 1.4. Also,
a short contact time in the catalyst bed effectively hinders
CO production by reverse WGS reaction. In addition, the
forward WGS reaction (consuming CO) is favored at lower
temperatures.

3.4. Kinetics study

Catalytic steam reforming of methanol on Cu-Zn-based
catalyst is a process that produces hydrogen and carbon
dioxide primarily, but traces of carbon monoxide were (1 -
2%) also formed during the reaction. The main reactions that
occur on this type of catalyst are reforming, water-gas shift
reaction, and decomposition reaction

CH3OH þ H2O

CO þ H2O @ CO2 þ H2

CH3OH @ CO þ 2H2
k-r,

3H2 (1)

(2)

(3)

3.4.1. Kinetic model
Jiang et al. [8] proposed that methanol reforming occurs

by direct reaction with water to produce carbon monoxide
and hydrogen. They proposed a mechanism consisting of a
set of elementary surface reactions and derived Langmuir-
Hinshelwood rate expressions. In the final rate expression

Table 2
Properties of catalysts

Cu/ZnO/Al2O3

Cu/Zn (wt.%)
Final elemental catalyst composition, Cu/Zn (wt.%)
Total pore volume (cc/g)
Average pore diameter (A)
SBET (m2/g)

CAT1

10/0/90
10/0
9.1/0
0.36
75
148

CAT2

3/12/85
3/9.6
2.7/8.9
0.25
53
132

CAT3

5/10/85
5/8
4.1/6.8
0.28
54
136

CAT4

1 0 / 8 5
10/4
9.2/3.6
0.35
64
158

CAT5

10/7/83
10/5.6
8.9/4.3
0.34
61
151

CAT6

12/6/82
12/4.8
10.6/3.4
0.32
59
141

CAT7

15/7/78
15/5.6
13.4/4.3
0.21
52
129



ARTICLE IN PRESS
V. Agarwal et al. /Applied Catalysis A: General xxx (2004) xxx—xxx

55
c
•2
c

55 50 45 40 3570 65 60 25 20

Fig. 2. XRD pattern of different catalysts: (1) CAT3 calcined fresh; (2) CAT5 calcined fresh; (3) CAT4 reduced but used; (4) CAT4 reduced fresh; (5) CAT6
calcined fresh; (6) CAT4 calcined fresh.

2 4 6 8 10 12 14

W/FAo (kg catalyst/ mol-s1 of MeOH)

16

Fig. 3. Effect of contact time on methanol conversion for different Cu/ZnO/
Al2O3 catalysts. (T = 513 K, S/M= 1.4 M, P = 1 atm).

413 433 453 473 493 513 533 553 573 593
Temperature(K)

Fig. 4. Variation of methanol conversion with temperature and W/FA0

during SRM on 10/5/85 Cu/ZnO/Al2O3 catalyst (S/M ratio = 1.4 M,
P = 1 atm).
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the adsorption of methanol and the adsorption of hydrogen
were found to have statistically significant effects on the rate
of reaction. The kinetic expression developed by Jiang et al.
[8] predicts the rate of disappearance of methanol and the
rate of formation of CO2. However, for low temperature fuel-
cell applications, where very low levels of CO contamina-
tion can severely poison the anode, the decomposition
reaction and the WGS also must be taken into account [9].
Above model was extended by Peppley et al. [6] by
incorporating a reaction scheme for CO formation by
methanol decomposition and reverse water-gas shift reac-
tion. In the present study, the kinetic model proposed by
Peppley et al. [6] was used and compared with experimental
data. The detail of model used in this study is given in
Table 3. During the kinetic experiments, the amounts of H2,
CO, and CO2 formed were determined at various conditions.
In order to model the experimental data, the rate expressions
for each individual reaction were combined to get an overall
rate expression for different species. Since the rates of
different species are interrelated by stoichiometry, the rate of
each individual species was calculated. All the experiments
were in the range where mass transfer and diffusion do not
affect the kinetics of reaction. Internal mass transfer
resistance was considered to be negligible and isothermal
reaction conditions were assumed inside a porous bed. The
pressure drop inside the bed was assumed to be negligible.
The partial pressures of individual species that were used in
above rate expressions iteratively were calculated as
follows:

pi = (4)

Here pi refers to the partial pressure of component i, P the
total pressure in the reactor, which is taken as atmospheric,
Fi the molar flow rate of ith component and P Fi refers to
the sum of flow rates of reactant and product species.

3.4.2. Estimation of kinetic model parameters
There were 10 equilibrium constants and 3 rate constants

in rate expressions (Table 3). The temperature dependences
of each of these is given by Arrhenius and Vant hoff
expressions. The values of equilibrium constants (Table 3) in

rate expressions viz KR, KW, and KD were calculated using
the expressions:

RT0
 þ RT T T R

-AT,

T0 R

R

pdT = DAlnt

AB7b+ ( T - 1 ) (5)

Here t = T/T0 and T0 = reference temperature (298 K).
The values of various constants in the above expressions

for reactions taking place during steam reforming were
estimated from thermodynamics. The kinetic parameters
were determined by minimizing the squared sum of the error
between experimental conversion and simulated conversion.

2 2 =
[xf

(6)

Here X stands for experimentally observed conversion and
[X] stands for model predicted conversion. The plug flow
reactor was approached by a finite difference method. The
values of the parameters for optimal fit were determined
using non-linear regression, are listed in Table 4. A com-
parison between model predicted methanol conversion and
experimental conversion at various temperatures is shown
in Fig. 5. The model predicated partial pressures are shown
in Fig. 6, which closely matches with the experimen-
tal data.

3.5. Deactivation kinetics

One of the major problems related to the operation of
heterogeneous catalysis is the catalytic loss of activity with
time on stream due to catalyst deactivation. One of the main
causes of deactivation is deposition of coke, which result
from formation of coke precursors like carbon oxides and
their subsequent decomposition. Agrell et al. [9] observed

Table 3
Kinetic model used for methanol reforming [6]

Reaction Expression

SRM reaction

WGS reaction

Decomposition reaction

^ C H j o M

w
 OHW

3

(PCHjO!

,/<)-

P 1 IP

>H/PH 2
2 )

1=2
H / P H 2 )

\-K ( ' 1^^02^ 'H ~ -̂̂ "

H2 2 2

(1 (PH 2 PCO/«DPCH 3 OH),

CH3O

2

'S2 '

H20/42))(l+^a)PH2
2)

// S1

» H 2 O / P H ^ ) ) 2

CS2a
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Table 5
Parameters in deactivation model

Parameter Simulated Literature [6]

Catalyst
Composition

K0W (m2 mol ' s
ER (J/mol)
ED (J/mol)
EW (J/mol)
CST1 (mol/m2)

cs2! l

a (mol/m2)

(mol/m2)

(mol/m2)

Cu/ZnO/Al2O3

10:5:85
4.07E9
2.51E17
2.31E14
9.2E4
8.25E4
7.97E4
4.9E-8

1.4E-8

5.7E-5

2.9E-8

CuO/ZnO/Al2O3

40:40:20
7.4E14
3.8E20
5.9E13
1.03E5
1.7E5
8.7E4
7.5E-6

7.5E-6

7.5E-6

7.5E-6

that there is no contribution of sintering in the deactivation
of catalysts used for steam reforming of methanol that have
zinc as promoter, which stabilizes the copper. Formation of
solid carbon on a catalyst during steam reforming of
methanol quickly reduces its effectiveness by blocking the
pores with carbon particles. This is particular concern in fuel
cells because the reforming catalyst is integrated into the
reactor. Thus, it cannot be easily replaced and therefore it
must have the same life expectancy as the fuel cell. Samms
and Savinell [10] have shown that formation of solid carbon
on reforming catalyst is thermodynamically unfavorable
when the molar steam to methanol ratio is greater than 2 and
when the temperature at all points within the reactor bed
remains less than 473 K. Since methanol reforming is
commonly carried out at a steam to methanol molar ratio of
1-1.5 and at a temperature greater than 500 K, coking is
unavoidable. Even when the chemical composition within
the reformation reactor is outside the thermodynamically
stable region for solid carbon, coking can occur depending
on the presence of a reaction mechanism for its production
that is energetically viable. This is generally true when the
composition of the chemical system lies near the phase
change line.

3.5.1. Effect of temperature and run time on
catalyst activity

The catalyst Cu/ZnO/Al2O3 (10/5/85) was tested for time
on stream (TOS) performance for steam reforming of
methanol at temperatures 533 K, 553 K and 573 K.
Methanol conversion decreased from 78% to 67% at
573 K for a run time of 20 h. The properties of the
deactivated catalyst Cu/ZnO/Al2O3 (10/5/85) reacted at
different temperature and a run length of 20 h are given in
Table 6. The surface area, pore volume and average pore size
decreased upon reaction compared to fresh catalyst because
of coke deposition on the pores of catalysts. It can be seen
that as temperature increases the surface area, pore volume
and pore size decreases which confirm the rate of coke
formation increases with increase in temperature. The
different adsorbed species as identified on the catalyst Cu/

Parameter Value

Cmax (kg coke/kg catalyst)

E1 (J/mol)
E2 (J/mol)
oil (kg catalyst/kg coke)
a2 (kg catalyst/kg coke)

8.33E-4
1.07E-3
9.21E-4
9.9E5
1.8E6
3.43E3

135.71

Table 6
Properties of deactivated catalysts

Fresh catalyst Deactivated catalyst

Cu/ZnO/Al2O3
Total pore volume (cc/g)
Micropore volume (cc/g 104)
Average pore diameter (A)
SBET (m2/g)

10/5/85
0.35

16.58
64

158

10/5/85
0.29

12.31
56

139

ZnO/Al2O3 (10/5/85) surface after reaction by XPS are
given in Table 5. The C1s spectra are shown in Fig. 7,
indicates the species present, binding energies and
intensities for the catalyst Cu/ZnO/Al2O3 (10/5/85) exposed
to different reaction temperatures. Two carbon species were
formed on catalyst surface, the peaks corresponding to a
graphite carbon (-C-C with binding energy of 284.9 eV)
and oxidized carbon species (CO3 with binding energy of

0.9 -

0.7 •

0.6 -
I1
1 0.5-1
CL

X

0.4 •

0.3

0h.T

• X_493 K

a X_513K

x X_533 K

° X^553 K

• X 573 K

0 0,1 0.2 0.3 0.4 0.5 0.6 0.7 0.8 0.9 1

^observed

Fig. 5. Parity plot showing the predicted vs. observed methanol conversion
during SRM (W/FA0 = 3-15 kg cat mol s"1 of CH3OH, S/M molar
ratio = 1.4, P= 1 atm).
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0 3 5 7 9 11 13 15

W/F t o (Kg catalyst/ mol-s"r of MeOH)

Fig. 6. Model prediction of variation in partial pressure of CH3OH, H2O, H2, CO, and CO2 at 533 K with W/FA0.

289.5 eV). The methoxy and formate were also found on the
surface of the deactivated catalysts as shown in C1s spectra,
which confirm the formation of intermediates to explain the
reaction mechanism. The presence of molecularly adsorbed
methanol on catalyst surface after exposure to reaction
conditions is not very likely, since this species is reported to
be desorbed below room temperature from all the Cu and
ZnO surfaces studied [11]. It can be seen from Fig. 7, that as
temperature increases the peaks of carbon deposits become
sharp and taller due to increased amount of carbon
deposition on the catalyst surface. Carbon deposited on
the surface of a catalyst covers the copper sites, therefore,
sites available for methanol adsorption during methanol
steam reforming reaction decreases. Coke formed over
catalysts at, different reaction temperatures, as a function of
time on stream as determined by a thermogravimetric
analyzer (TGA) is shown in Fig. 8. Rate of coke formation
increases with temperature because of reverse water-gas
shift (WGS) reaction shifts to left to produce more CO,
which finally converted in to coke. The elemental analysis
indicates that this is a light coke hardly evolved with an H/C
ratio between 1 and 1.5. A coke of this nature is assigned to a
hydrogen rich atmosphere affecting condensation and
cyclization steps of coke formation.

3.5.2. Coke formation kinetics
In the present investigation, it was assumed that the

kinetics of both the main reaction and the coking reactions
are intimately connected. Attempts were made to correlate
reaction mechanism by combining the reforming kinetics
with coking kinetic model. The monolayer-multilayer coke
growth model is described to study the coke formation
kinetics [12-16]. Coke content in the catalyst versus time
can be described by taking into account a simultaneous
formation of coke over the surface of the catalyst and a
multilayer coke deposition. Therefore, the total rate of coke
formation must be described as the addition of the growth
velocities of monolayer coke and multilayer. Hence,

dCm

dt

rCm =

dt dt

- C

rCM = •
dt

n

(7)

(8)

(9)

Here CT is the total coke concentration at any time, Cm, CM,
and Cmax are the coke concentration in monolayer, multi-
layer and the maximum coke concentration in monolayer,
respectively; k1 and k2 are rate constants given by Arrhenius
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1

Adsorbed species

Graphite carbon (-C-C-)
CO3

CH3O
HCOO

C1s BE (eV)

284.9
289.5
287.55
290.1

expression, and h, n, m are constants. The above equations
were solved for different combinations of {h, n, m}. The
final values obtained from best fit were h = 1, n = 1 and
m = 0. For these values of h, n and m, the above set of
equations were simplified into following equations after
integration

CM =

CT = Cm

- k1 Cmaxð1 - e~ht)
k

>(l-e -ht\

(10)

(11)

(12)

The results obtained show that the activation energy for the
monolayer formation is smaller than that for the multiplayer
formation, which agrees with the fact that monolayer growth
over the catalyst surface is catalyzed. In agreement with the
postulated model, most of the monolayer coke is deposited
in the first moments of the reaction. Simultaneously, multi-
layer coke is deposited over the existing coke, the rate

275 277 279 281 283 285 287 289 291

3.

I

2/s 211 279 281 283 285

B.E. (eV)
287 289

Fig. 7. XPS C1s spectra of post reaction catalyst Cu/ZnO/Al2O3 (10/5/85)
exposed to different reaction temperatures.

• T=533K

12 16

Time on siream (h)
20 24

Fig. 8. Coke formation over catalyst Cu/ZnO/Al2O3 (10/5/85) vs. time on
stream at different reaction temperatures.

depending on the monolayer coke concentration. The kinetic
mechanism and the model for coke formation thus devel-
oped were used to find the relationship between the coke
content of the catalyst and the catalyst activity. According to
the mechanistic model, only monolayer coke would promote
deactivation. This means that after all the monolayer coke
was formed, the catalyst had some activity. However, experi-
mental activity-time results prove that activity decreases
with time, even after the monolayer has been formed. This
suggests that multilayer coke also deactivates the catalyst.
The existence of catalytic activity even after the entire
surface has been covered by coke can be attributed to some
catalytic activity of the coke itself, as has been reported by
other authors also [17]. To correlate catalyst activity with
coke deposition, the monolayer coke formation equation,
a = exp(—aCÞ was modified for the monolayer-multilayer
model as follows:

a = exp(—a1Cm — A2CMÞ (13)

Here a1 and a2 are constants and a the activity defined as the
ratio between the reaction rate at any given time fa) and the
initial or reference reaction rate (rio).

3.5.3. Estimation of deactivation model parameters
Combining the above model for deactivation with the

kinetic model proposed, the parameters of deactivation
model were estimated. The deactivation model contains 7
parameters given as Cmax, k01, k02, E1, E2, a1, and a2. These
parameters were determined by fitting experimental data for
a 20 h run against the model predicted data by using a non-
linear regression technique. The final values of the
parameters found for the optimal fit are listed in Table 7.

3.5.4. Model validation
Fig. 9 shows the model predicted and experimentally

observed variation of methanol conversion with the time on
stream reaction. The correlation coefficient (R2) value in all
cases was above 0.95, indicating that the error between
experimental and simulated results is within statistically
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Fig. 9. Variation of methanol conversion with time on stream at different temperatures over catalyst Cu/ZnO/Al2O3 (10/5/85).

permissible limits. In the range of experiments, the model
predicted conversion was well in match with the experi-
mental data at all temperatures. Cu/ZnO/Al2O3 was tested
for time on stream performance for steam reforming of
methanol at temperatures of 533 K, 553 K and 573 K. The
results show that the activation energy for the monolayer
formation is smaller than that for the multiplayer formation,
which agrees with the fact that monolayer growth over the
catalyst surface is catalyzed. Since (a1 > a2), this implies
that multilayer coke also causes deactivation but of a smaller
order than monolayer coke.

4. Conclusion

The Cu/ZnO/Al2O3 catalyst was found to be effective for
the production of H2 by steam reforming of methanol. The
product distribution was strong function of conversion,
temperature and S/M ratio. Optimum operating conditions
obtained to get maximum hydrogen and minimum CO
formation were temperature 513K-533K, steam to
methanol molar ratio 1.4 and W/FA0 9 kg catalyst/mol s^1

of MeOH. The kinetic model fitted well with experimental
data. XPS results of deactivated catalysts reveals that two
different carbon species, graphite and oxidized carbon
species, present on the catalyst surface. Proposed dynamic
monolayer-multilayer model for coke formation closely
matches with the observed coke yield of in the catalyst as a
function of time. The relation between coke content of the

catalyst and catalyst activity show that the catalyst activity is
related with both monolayer and multilayer coke, however
monolayer coking predominated.
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